Carbon dioxide utilisation for production of transport fuels: process and economic analysis by Dimitriou, Ioanna et al.
This journal is©The Royal Society of Chemistry 2015 Energy Environ. Sci., 2015, 8, 1775--1789 | 1775
Cite this: Energy Environ. Sci.,
2015, 8, 1775
Carbon dioxide utilisation for production of
transport fuels: process and economic analysis
Ioanna Dimitriou,*a Pelayo Garcı´a-Gutie´rrez,a Rachael H. Elder,a
Rosa M. Cue´llar-Franca,b Adisa Azapagicb and Ray W. K. Allena
Utilising CO2 as a feedstock for chemicals and fuels could help mitigate climate change and reduce
dependence on fossil fuels. For this reason, there is an increasing world-wide interest in carbon capture and
utilisation (CCU). As part of a broader project to identify key technical advances required for sustainable CCU,
this work considers diﬀerent process designs, each at a high level of technology readiness and suitable for
large-scale conversion of CO2 into liquid hydrocarbon fuels, using biogas from sewage sludge as a source of
CO2. The main objective of the paper is to estimate fuel production yields and costs of diﬀerent CCU process
configurations in order to establish whether the production of hydrocarbon fuels from commercially proven
technologies is economically viable. Four process concepts are examined, developed and modelled using the
process simulation software Aspen Pluss to determine raw materials, energy and utility requirements. Three
design cases are based on typical biogas applications: (1) biogas upgrading using a monoethanolamine (MEA)
unit to remove CO2, (2) combustion of raw biogas in a combined heat and power (CHP) plant and (3)
combustion of upgraded biogas in a CHP plant which represents a combination of the first two options. The
fourth case examines a post-combustion CO2 capture and utilisation system where the CO2 removal unit is
placed right after the CHP plant to remove the excess air with the aim of improving the energy eﬃciency of
the plant. All four concepts include conversion of CO2 to CO via a reverse water-gas-shift reaction process and
subsequent conversion to diesel and gasoline via Fischer–Tropsch synthesis. The studied CCU options are
compared in terms of liquid fuel yields, energy requirements, energy efficiencies, capital investment and produc-
tion costs. The overall plant energy efficiency and production costs range from 12–17% and d15.8–29.6 per litre
of liquid fuels, respectively. A sensitivity analysis is also carried out to examine the effect of different economic
and technical parameters on the production costs of liquid fuels. The results indicate that the production of
liquid hydrocarbon fuels using the existing CCU technology is not economically feasible mainly because of the
low CO2 separation and conversion efficiencies as well as the high energy requirements. Therefore, future
research in this area should aim at developing novel CCU technologies which should primarily focus on opti-
mising the CO2 conversion rate and minimising the energy consumption of the plant.
Broader context
Carbon capture and utilisation (CCU) has recently become the focus of large scale international attention not only because it has the potential to reduce
anthropogenic CO2 emissions which contribute to climate change but also because it could generate value from waste CO2 through the synthesis of fuels and
chemicals. Globally, consumption of fuels is two orders of magnitude higher than that of chemicals; therefore, CO2 utilisation technologies should focus
primarily on fuel synthesis to create significant economic value and to make a substantial contribution to the reduction of CO2 emissions. Successful market-
entry of CO2-to-fuels technologies strongly depends on their economic competitiveness. In this article, a techno-economic assessment of the manufacture of
transport hydrocarbon fuels from waste CO2 is performed through process simulation, cost modelling and sensitivity analysis. Unlike other studies, the present
techno-economic assessment only employs the best currently available and proven CCU technologies. The aim is to support policy makers and businesses in
their decision-making by establishing whether the production of liquid transport fuels from CO2 using current technology is economically feasible and
identifying the modifications required to improve the economic competitiveness of CCU processes.
1. Introduction
Carbon capture and storage (CCS) has attracted significant atten-
tion in recent years as a possible technology to help mitigate
climate change by reducing CO2 emissions into the atmosphere.
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However, CCS requires high investment costs and poses risks
associated with the need for long-term storage and potential
leakage of CO2.
2,3 Carbon capture and utilisation (CCU) is being
proposed as a complementary technology to CCS with the aim of
both reducing CO2 emissions and consumption of fossil resources
by utilising CO2 as a feedstock for the production of chemicals
and fuels.4–8
Global CO2 emissions from fossil fuel combustion were
approximately 31 Gt in 20119 and are likely to rise to 57 Gt in
2050.10 Currently, CO2 is only used for the production of
chemicals, such as urea, salicylic acid and polycarbonates.
However, in order to make a significant contribution to reducing
CO2 emissions, its utilisation should focus primarily on the
conversion to fuels since the market for chemicals is two orders
of magnitude lower than that for fuels.5 Oxygenates and hydro-
carbons can be produced via hydrogenation of CO2 and could
oﬀer feasible alternatives for the transportation sector, reducing
its dependency on fossil fuels. CO2 hydrogenation for oxygenate
production is at present the most intensively investigated area
of CO2 utilisation with methanol synthesis from CO2 and H2
already being demonstrated at bench- and pilot-scale plants in
Asia11,12 and Europe.13
Conversely, the production of hydrocarbon fuels from syngas
(H2 and CO) produced from CO2 and H2 (e.g. via reverse water-gas-
shift reaction) is yet to be demonstrated. This is mainly due to the
fact that the production of hydrocarbons from CO2 and H2 requires
a higher amount of hydrogen and energy than oxygenates.5 How-
ever, there is a noticeable lack of published techno-economic
feasibility studies in this area that could potentially support this
argument. It should also be noted that hydrocarbons produced
from syngas via Fischer–Tropsch synthesis (the established
industrial process for converting syngas to liquid fuels) are
specifically attractive because of their unlimited compatibility
with conventional fuels in any proportion and thus, unlike
alcohols and ethers, can readily be incorporated and integrated
with conventional markets and supply chains.
As highlighted above, the high hydrogen and energy require-
ments associated with CO2-to-fuels pathways is one of the main
issues for the application of these technologies. In order to
make such a process economically and environmentally sus-
tainable, hydrogen should be made from a non-fossil resource
or produced within the process itself. The latter would also
decrease the overall operating costs, especially since fossil-
derived hydrogen is still significantly cheaper than that pro-
duced from renewable technologies.14 One non-fossil source of
hydrogen could be biogas produced by anaerobic digestion of
wet waste, such as sewage sludge. Such biogas contains mainly
CO2 and methane, the latter of which can be utilised to produce
hydrogen (e.g. via steam reforming),15 thus avoiding the depletion
of natural gas, currently used for hydrogen production. The CO2
from the biogas can be separated and utilised for the production
of fuels. Within the EU alone, around 10million tonnes (dry basis)
of sewage sludge are generated per year and the digestion of each
tonne could produce approximately 590 m3 of methane.16 Other
wastes could result in even higher methane yields; for example,
food waste can generate up to 3.5 times more methane per tonne
than sewage sludge.17 Therefore, anaerobic digestion of waste could
be an important source of hydrogen for a CO2 hydrogenation-to-
fuels process. It could also be a suitable target process for
CO2 utilisation technologies since it requires moderate capital
investment.
This is the topic of this paper which examines diﬀerent CO2
capture and utilisation process concepts for the conversion of
sewage sludge to liquid hydrocarbon fuels. The aim of the study
is to identify the most promising process configurations in
terms of conversion eﬃciencies and costs. For these purposes,
a comprehensive techno-economic assessment has been carried
out to examine the technical and economic performance of four
conceptual designs, considering only the best available and proven
technologies: amine CO2 capture, steam reforming, reverse water-
gas-shift (RWGS) process and Fischer–Tropsch synthesis.
An overview of the CCU process concepts developed in this
work is presented in the next section. Section 3 outlines the
methodology for process modelling and the economic assessment
followed by the results in Section 4. A sensitivity analysis is carried
out in Section 5 which examines the eﬀect of key economic and
technical parameters on the production costs of liquid fuels,
including capital and energy costs as well as the CO2 conversion
rate in the RWGS reactor.
2. Process description
2.1 Process overview
The general CO2 utilisation system considered in this study
allows the production of liquid hydrocarbon fuels from sewage
sludge, as shown in Fig. 1. It consists of six sections: anaerobic
digestion of sewage sludge, CO2 capture, heat and power genera-
tion, syngas production, conversion of CO2 to CO and fuel
synthesis. This general concept is realised in four diﬀerent
design configurations which are based on typical biogas utilisa-
tion applications. These are summarised in Table 1 along with
the main process steps. The diﬀerent process sections and
designs are depicted in more detail in Fig. 2–5. The first process
design (PD-MEA in Table 1 and Fig. 2) incorporates a mono-
ethanolamine (MEA) gas treatment unit which is often used
to upgrade biogas to the same standards as natural gas by
removing CO2 and other contaminants.
18 The second case
(PD-CHP1, Table 1 and Fig. 3) is based on another biogas
application: combustion of untreated biogas in a combined
heat and power (CHP) unit to produce electricity and heat. The
third design (PD-CHP2, Fig. 3) comprises an MEA CO2 capture
system placed before the CHP plant which in this case is fed
with the upgraded biogas (i.e.more concentrated in CH4) rather
than untreated biogas as in the second case. Thus, this is a
pre-combustion CO2 capture system. The final configuration
(PD-CHP3, Fig. 5) is similar to PD-CHP2 but the MEA unit is
now placed after the CHP plant so that this process design is
based on post-combustion CO2 capture.
7 In this case, the MEA
unit also allows the removal of the excess air used in the CHP
plant which acts as an inert diluent, decreasing the efficiency
of the downstream processes and necessitating higher power
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consumption for the subsequent syngas compression. The
feedstock for all the process concepts is sewage sludge, a
by-product of wastewater treatment. In all four cases, the
plant produces liquid hydrocarbon fuels (gasoline and diesel).
The different process sections and designs are described in
more detail below.
2.2 Anaerobic digestion
Anaerobic digestion (AD) is a process in which biodegradable
organic material is broken down by microorganisms in the
absence of air. The produced biogas, consisting of around
65 vol% CH4, 35 vol% CO2 and trace gases such as H2S, H2, N2
and NH3, is commonly utilised in heat and electricity co-generation
plants.16 In this study, the digestion conditions are mesophilic
(35 1C, 1 atm) which are associated with lower equipment costs and
energy requirements compared to thermophilic systems (450 1C,
1 atm).19 A standard size AD plant typically used in the waste-
water industry in the UK is considered with twin digesters of
2000 m3 each with a residence time of 15 days (B.C. Franklin
and L. Styles, AECOM, personal communication, May 2013).
This corresponds to 11 111 kg h1 of sludge fed into the plant.
Fig. 1 An overview of the CO2 utilisation system for production of synthetic fuels [MEA: monoethanolamine. Dashed lines represent steps which are not
present in all design options; see Table 1 for details. In some design cases the heat and electricity generation plant is placed before CO2 capture].
Table 1 Summary of the CCU process designs (PD) investigated in this
study
Process sections PD-MEA PD-CHP1 PD-CHP2 PD-CHP3
Anaerobic digestion | | | |
CO2 capture
a | | |
Heat and power generationb | | |
Syngas productionc |
CO2 conversion
RWGSd | | | |
Hydrogen recovery | | | |
Fuel synthesise | | | |
a Monoethanolamine (MEA) CO2 capture plant.
b Combined heat and
power (CHP). c Methane steam reforming. d Reverse water-gas-shift
reaction. e Fischer–Tropsch synthesis.
Fig. 2 Process flow diagram for PD-MEA [the flue gas from the oﬀ-gas combustor in all design configurations contains N2 (68–88 vol%), CO2
(8–20 vol%), argon and oxygen].
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2.3 CO2 capture
The flow diagram of the CO2 capture unit is shown in Fig. 6. To
convert CO2 into a liquid fuel, a concentrated stream of CO2
needs to be generated by isolating it from biogas. Among the
available technologies to capture CO2 from a gas stream, amine-
based regenerative systems have been identified as the most
suitable technology that has achieved commercial success.7
In the packed absorption column, the biogas is fed counter-
currently with an MEA aqueous solution (usually 15–35 wt%)
which reacts with and absorbs CO2 in the biogas to form an
MEA carbamate soluble salt. The gas stream lean in CO2 is
released from the top of the absorber while the MEA solution
rich in CO2 is pumped to a heat exchanger in which the solution
is heated to about 120 1C and then fed into the stripping column.
MEA is regenerated in the stripper and recycled to the absorber
for re-use (lean MEA solution, Fig. 6). The regeneration condi-
tions are maintained by the reboiler which uses low-pressure
steam. Steam which acts as stripping gas in the column, is
recovered in the condenser and fed back to the stripper, while
the concentrated CO2 stream is released from the top of the
stripper for downstream processing. Process conditions in the
capture plant are summarised in Table 2.
Fig. 3 Process flow diagram for PD-CHP1.
Fig. 4 Process flow diagram for PD-CHP2.
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2.4 Heat and power generation
An outline of the combined heat and power (CHP) plant is
shown in Fig. 7. Firstly, biogas is compressed from 1 bar to
8 bar. It is then mixed with steam (8 bar) and compressed air
and then burned in the combustor to produce hot gas at 583 1C.
Steam is used to lower the combustion temperature (below
750 1C) to minimise NOX formation. The hot gas is first passed
through a gas turbine for electricity generation and then to the
steam generation area to recover heat. In the steam generation
area, the gas passes through five heat exchangers and is cooled
down by water or steam. Consequently, three diﬀerent grade
steams are generated: low-pressure (LP) steam at 1.013 bar,
medium-pressure (MP) steam at 5 bar and high-pressure (HP)
steam at 24 bar.
2.5 Syngas production
The main process for producing syngas currently used in
Fischer–Tropsch synthesis is steam reforming of methane
Fig. 5 Process flow diagram for PD-CHP3.
Fig. 6 Process flow diagram of CO2 capture.
Table 2 Process conditions for the CO2 removal unit (adapted from
20,21)
Parameters Value
CO2 removal eﬃciency (%) 70
MEA solution (wt%) 30
Absorber pressure (bar) 1.013
Stripper pressure (bar) 2.1
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which is a well-understood and proven technology.22 In this
study, the upgraded biogas from the CO2 removal section is
utilised either in a methane steam reformer (PD-MEA concept,
Fig. 2) or the co-generation unit (PD-CHP2 concept, Fig. 4).
The CH4-rich gas stream leaving the MEA absorption column
is mixed with steam (2.6 MPa) and the resulting mixture is
preheated to 500 1C and introduced to the catalytic reforming
reactor.15 The steam/methane mixture is passed through a set
of externally heated reformer tubes filled with nickel catalyst,
where it is converted to CO and H2 at 900 1C and 25 bar
according to the following reaction:
CH4 + H2O$ CO + 3H2 (1)
Although the theoretical molar ratio of steam to methane is
1 : 1, an excess of steam (H2O : CH4 = 1.2 : 1) is used to prevent
deactivation of the catalyst from carbon deposition.15
2.6 CO2 conversion
2.6.1 Reverse water gas shift (RWGS) process. The CO2
conversion technology evaluated in this study is a RWGS
reaction process based on the CAMERE pilot plant operated
by the Korean Institute of Energy and Research (KIER) and
Korea Gas Corporation (KOGAS).12 The CAMERE process pro-
duces methanol from CO2 in two steps: (1) conversion of CO2
to CO and water in a RWGS reactor and (2) methanol synthesis
after an intermediate water removal. Similar to the CAMERE
process, the shift reactor in this study is operated over a
ZnAl2O4 catalyst at 650 1C and atmospheric pressure with a
feed gas mixture of CO and H2 preheated before the reactor.
The basic reaction is shown in eqn (2):
CO2 + H2$ CO + H2O (2)
An excess of hydrogen (H2 : CO2 = 3 : 1) is used to prevent carbon
(coke) deposition on the catalyst surface. The feed CO2-rich gas
is produced by the MEA plant in the process concepts PD-MEA,
PD-CHP2 and PD-CHP3, while in PD-CHP1, CO2 is generated in
the CHP plant.
2.6.2 Hydrogen recovery. A pressure swing adsorption
(PSA) system is used after the reformer (PD-MEA) or the RWGS
reactor (PD-CHP1, PD-CHP2, PD-CHP3) to recover the excess H2
which is recycled to the RWGS reactor for re-use. PSA is an
established industrial process used extensively for gas or liquid
separation. In this study, adsorption is operated at 30 1C and
high pressure (40 bar) similarly to the Linde PSA technology.23
The adsorbent is regenerated by lowering the pressure to slightly
above atmospheric. An 85% hydrogen recovery is achieved in the
PSA unit24 which produces high purity hydrogen (99.999%).23
2.7 Fuel synthesis
Fischer–Tropsch (FT) converts a mixture of CO and H2 (syngas)
in the presence of a catalyst to a variety of organic compounds,
mainly hydrocarbon products of variable chain length. The FT
reactions are highly exothermic and can be represented by the
following basic reaction equation:
nCO + (2n + 1)H2O$ CnH2n+2 + nH2O (3)
Eqn (3) describes the formation of paraﬃns which are the main
products of FT synthesis. Olefins, oxygenates and aromatic
compounds are also produced although in much lower quan-
tities.25 The water-gas-shift (WGS) reaction also takes place
during FT synthesis but it can be reduced to a minimum when
using a cobalt catalyst. Conversely, iron catalysts show a
significant WGS activity and generally result in lower liquid
selectivity than cobalt catalysts.26 Low-temperature Fischer–
Tropsch (LTFT) synthesis is operated at temperatures between
200 and 250 1C which favour the production of liquid fuels up
until middle distillates.27,28 Contrary to high-temperature Fischer–
Tropsch synthesis (HTFT) which is operated at 300–350 1C, LTFT
synthesis results in lower gas yields to the advantage of higher
diesel yields.28 The FT process is generally operated at pressures
ranging from 20–40 bar.29 Generally, the FT synthesis process
should be operated at relatively low temperatures, high operating
pressures and H2 :CO molar ratios of around 2 in order to achieve
a high FT liquid production.30
In this study, the FT reactor is operated at 30 bar and 220 1C
and is assumed to be similar to the Sasol Slurry phase distillate
reactor which is designed for LTFT synthesis.26,28 The reactor’s
gas eﬄuent is passed to a three phase separator to remove
water and heavy hydrocarbons from the residual vapour. The
FT oﬀ-gas which mainly consists of light hydrocarbons (C1–C4)
and unconverted syngas is combusted to generate low pressure
steam for the anaerobic digesters, whereas the liquid fuels are
sent to a central refinery plant for further upgrading.
As mentioned earlier, a wide range of products are obtained
from the FT synthesis, therefore a quantitative approximation
of product distribution is necessary. The most widely used
Fig. 7 Process flow diagram of the CHP plant.
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approach to tackle this problem is the Anderson–Schulz–Flory
(ASF) product distribution.31 According to this method, the
adsorbed carbon chain can either undergo further addition of a
–CH2– group or the chain can terminate.
31 The ASF-product
distribution model is represented by the following equation:
Cn = a
n1(1  a) (4)
where Cn is the molar fraction of a hydrocarbon product
consisting of n carbon atoms and a the chain growth prob-
ability which determines the hydrocarbon product distribution.
The chain growth probability is influenced by a number of
factors, such as the type and age of catalyst, the H2 : CO ratio in
the feed gas, reactor type and operating conditions.
FT synthesis results in the production of various products,
thus it is not a highly selective process. However, it oﬀers the
possibility to cover the entire range of petrochemical products
so that gasoline, jet fuel and diesel can be produced with
adequate process control. FT products are high quality and
ultra clean fuels, free of sulphur and aromatic compounds
and, unlike other fuels such as dimethyl ether and alcohols,
they can be easily assimilated in the existing transport infra-
structure, concerning both vehicle engines and distribution
channels.
3. Modelling methodology
The process flowsheets of the four evaluated CCU cases were
developed using the process simulation software Aspen Plus32
to estimate material balances, energy and utility requirements
as the inputs for the techno-economic analysis.
Various thermodynamic methods have been used to model
the diﬀerent unit operations considered in this study. The Aspen
Physical Property System guide33 was used to ensure that the
property methods are tailored to the diﬀerent classes of compounds
and operating conditions. The property method used for most unit
operations is the Peng–Robinson with Boston–Mathias modifica-
tions (PR–BM) which is recommended for gas processing and
refinery applications and provides accurate results for hydrocarbon
mixtures and light gases, such as H2 and CO2.
33 The non-random-
two-liquid (NRTL) method with the Redlich–Kwong (RK) equation
of state is used to simulate the anaerobic digestion process. The
MEA gas treating unit is modelled using the electrolyte-NRTL based
property method ENRTL-RK which is suitable for mixed electrolyte
systems up to medium pressures. This method uses the RK
equation of state for estimating the vapour phase properties.
The anaerobic digester is modelled using the Aspen Plus
yield reactor block (RYield). The mass yields of CH4, CO2
and digestate were calculated separately considering a biogas
production of 0.6 m3 per kg of volatile solids loading.19,34 It was
assumed that neither NH3 nor H2S are present in biogas since
the former is not produced when sewage sludge is used as
feedstock and the latter is present in very low concentrations.35
Table 3 shows the component mass yields calculated for the
anaerobic digestion process.
In the CO2 capture plant, the absorber and stripper
columns are simulated using the RadFrac block which is
suitable for modelling all types of multistage vapour–
liquid fractionation operations. As mentioned previously,
the thermodynamic and physical properties are estimated
using the ENRTL-RK method coupled with an electrolyte
calculation option which models the electrolyte solution
chemistry and consists of five equilibrium reactions.36 Design
specifications are used to obtain the desired molar split
fractions in both the absorber and the stripper. In the absorber,
a design specification measured the CO2 flow rate in the
stack stream and adjusted the lean MEA flow rate to ensure
that a target recovery of 70% is achieved. In the stripper,
a design specification measured the CO2 molar concentra-
tion in the CO2 product stream and adjusted the reflux ratio
to achieve a 98 vol% purity target.21 The number of mini-
mum equilibrium stages was 5 for the absorber and 10 for
the stripper.
In the CHP unit, compressed biogas is mixed with steam
and air (10% excess) and fed into the combustor. The com-
bustor is simulated using a Gibbs reactor block (RGibbs)
which models single-phase chemical equilibrium by minimiz-
ing the Gibbs free energy, subject to atom balance constraints.
Steam is generated inside a network of heat exchangers
while electricity is produced in steam and gas turbines by
assuming common isentropic and mechanical eﬃciencies.37
The CHP plant simulation was based on a natural gas CHP
model previously developed by AspenTech.38 The main mod-
ification made to this model was to replace the natural gas
feed stream with the biogas outlet stream of the anaerobic
digestion plant.
Both the steam reformer and the RWGS reactor are modelled
using a stoichiometric reactor block (RStoic). Reaction stoichio-
metry was specified for each of them as well as the fractional
conversion of relevant components (80% for CH4 and 65% for
CO2, respectively).
12,39
FT synthesis is modelled using a yield reactor block
(RYield). The mass yields of the produced hydrocarbons were
calculated in a separate spreadsheet using the ASF distribu-
tion model described in Section 2.6 with a chain growth
probability of 0.85 which favours the production of middle
distillates. The single-pass CO conversion was set to 80%.40,41
Even though such a CO conversion value is relatively high, it
can be achieved in slurry phase reactors employing cobalt
catalysts.26,42 The ASF hydrocarbon distribution was taken
up to a carbon number of 100. Production of aromatics,
oxygenates and olefins is assumed to be negligible in this
study since the presence of these compounds is typically small
for LTFT synthesis.25,43
Table 3 Specific product yields for the anaerobic digestion
Component Mass yield (kg kg1 sludge)
Digestate 0.9792
CO2 0.0124
CH4 0.0084
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4. Cost estimation methodology
The capital and operating costs were estimated for each CCUprocess
concept using the software Aspen Process Economic Analyzer (APEA)
which, like Aspen Plus, is licenced by Aspen Technology. APEA was
linked to Aspen Plus to estimate costs by utilising the output results
of the Aspen Plus simulations. The UK was set as the default country
which defines several economic parameters in APEA, such as
currency, salary rates, equipment costs and constructionmaterials.44
Table 4 summarises the assumptions as well as the prices of raw
materials and utilities specified in APEA. These prices were con-
verted to GBP (d) and updated to 2013 where necessary. The same
economic assumptions were used for all four process designs to
allow fair comparisons between them. As discussed previously, the
feedstock for all the evaluated CCU cases is sewage sludge. The CCU
facility is considered to be part of a large wastewater treatment part
and thus the sludge costs are zero since sludge is a by-product of
wastewater treatment.
The capital investment is comprised of installed equipment
costs, indirect costs (e.g. contingency), tax and working capi-
tal.44 The capital investment required to establish the project is
considered to be borrowed and repaid over the lifetime of
the project (20 years) at a loan interest rate of 10% per annum.
To estimate the fuel production costs of the CCU system, the
annual amount required to pay back the loan on capital needs
to be determined first:
A ¼ TCI  r  ð1þ rÞ
N
ð1þ rÞN  1 (5)
where A is the annuity of the capital investment, TCI the total
capital investment as calculated in APEA, r the interest rate and
N the lifetime of the project.
The total annual costs consist of capital annuities as well as
operating costs: raw material, utilities, labour and maintenance
costs. The fuel production costs are calculated by dividing
the total annual costs by the amount of FT fuels (gasoline
and diesel) produced in a year. The price inflation of equipment
and raw materials is not considered for the ease of comparison
between the evaluated CCU concepts. For the same reason,
government subsidies, CO2 credits and by-product revenues are
excluded from the economic analysis.
5. Results
5.1 Mass and energy balances
Table 5 presents the mass and energy balances for all four CCU
process concepts evaluated in this study. For all considered
cases, the sewage sludge input is the same in terms of mass
flow and energy content so that results are directly comparable.
The energy balances in Table 5 show that sewage sludge is the
major source of energy input in the system. The PD-MEA
concept, which includes separation of CO2 from the biogas
stream and subsequent steam methane reforming, produces
43 kg h1 of hydrocarbon fuels which corresponds to 513 kW
(LHV) of fuel energy oput. The second CCU concept, PD-CHP1,
which involves biogas combustion in a CHP plant without
upstream CO2 scrubbing, results in a lower fuel production of
33.9 kg h1 (405 kW). Table 5 also shows that the PD-CHP2
concept produces almost the same fuel output (33.7 kg h1
or 403 kW) as PD-CHP1. The final CCU design produces
28.8 kg h1 or 344.5 kW of hydrocarbon fuels which is lower
than the other three cases since only 70% of the CO2 in the CHP
product gas is captured in the MEA unit (see also Section 2.3),
while the rest exits the top of the absorber and is discarded
Table 4 Economic inputs to Aspen Process Economic Analyzer (APEA)
General economic parameters
Base year 2013
Plant life 20 years
Plant annual operating hours 8000
Loan interest rate 10%
Tax 40%a
Contingency 18%a
Working capital 5% of TCIa
Raw material prices
MEA d1 per kgb
Hydrogen d4 per kgc
Fischer–Tropsch catalyst d22 per kg45
Reformer catalyst d22 per kg45
RWGS catalyst d22 per kgd
PSA packing d0.85 per kge
Utility prices
Electricity d0.1127 per kW h f
Natural gas d0.0319 per kW hg
Cooling water d0.21 per m3 46
a APEA default values (country base: UK). b Average sale price.47 c The
quoted price is for hydrogen produced from water electrolysis which is a
low-carbon technology.14 d Assumed. e Average sale price for molecular
sieve 13X.48 f Electricity price for small UK industrial consumer.49
g Natural gas price for small UK industrial consumer.49
Table 5 Summary of mass and energy balances for the considered CCU
cases
PD-MEA PD-CHP1 PD-CHP2 PD-CHP3
Plant inputs
Sewage sludge (kg h1)a 333.3 333.3 333.3 333.3
Sewage sludge (kW) (LHV)a 1944.4 1944.4 1944.4 1944.4
Hydrogen (kg h1) — 32.8 32.6 22.9
Hydrogen (kW) (LHV) — 1093 1086.3 763.9
Natural gas (kg h1) 50.7 33.7 45.3 75.7
Natural gas (kW) (LHV) 688.1 456.6 572.5 655.1
Electricity (kW)b 207 577 578 133
Plant outputs
Hydrogen (kg h1) 0.82 — — —
Hydrogen (kW) (LHV) 27.3 — — —
Gasoline (kg h1) 12 4.6 4.5 7.9
Gasoline (kW) (LHV) 143.8 54.3 53.9 95.4
Diesel (kg h1) 31 29.3 29.2 20.9
Diesel (kW) (LHV) 370 350.6 349 249.1
Electricity (kW)c 0 175 202 175
Eﬃcienciesa
Fuel energy eﬃciency (%) 26.4 20.8 20.7 17.7
Plant energy eﬃciency (%) 17.1 11.7 11.9 14
a Values are given on a dry ash-free basis. b Total plant electricity
requirements. c Electricity generation within the plant.
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through a stack. However, it should be noted that PD-CHP3
is the only design that produces electricity as a by-product,
whereas the amount of electricity produced in the other three
designs is insuﬃcient to cover their electricity requirements
(for these concepts, the cost of purchasing the extra electricity
has been taken into account in the calculations).
The PD-MEA concept produces more fuels than the other
three cases because of the higher amount of syngas processed
in FT synthesis as a result of its upstream methane steam
reforming unit which converts methane to syngas instead of
simply burning it in a CHP plant. This also significantly aﬀects
the hydrogen requirements of the individual concepts. In the
case of PD-MEA, the amount of hydrogen produced from the
methane steam reformer is higher than the hydrogen require-
ments of the RWGS reactor; therefore, some hydrogen is
produced as by-product (see also Fig. 2). This is not the case
for the other three concepts where additional hydrogen is
required from an external source. The impact of the hydrogen
price on the fuel production costs of PD-CHP1 and PD-CHP2 is
examined in Section 5.4.
5.2 Energy eﬃciencies
Table 5 also shows the energy eﬃciencies of the four studied
CCU designs. The fuel energy eﬃciency measures the fraction
of the energy originally in the sewage sludge that ends up in
the hydrocarbon fuel product. It is calculated by dividing the
energy in the fuel output by the energy content of sewage
sludge. Increased hydrocarbon production leads to higher
energy eﬃciencies and thus the greatest eﬃciency is achieved
by PD-MEA (26.4%). The next best options are PD-CHP1 and
PD-CHP2 (B20.8%) while PD-CHP3 is the least fuel-eﬃcient
(17.7%).
The plant energy eﬃciency Zplant takes into account the total
energy input (sludge, hydrogen, natural gas and electricity) and
total energy output (fuels, hydrogen and electricity) and is
calculated according to:
where
:
Mi is the mass flow (kg h
1) and LHVi is the lower
heating value (MJ kg1) of the product (fuels, hydrogen) or raw
material (sludge, hydrogen, natural gas). Since all the terms in
eqn (6) are expressed in kWth except for the electricity con-
sumed by the plant, the latter is divided by the thermal
eﬃciency of the power cycle assumed to be 39%.50
As for the fuel eﬃciency, PD-MEA also has the highest plant
energy eﬃciency, estimated at 17.1%; this is due to the higher
fuel output as well as the excess hydrogen production from
which the other process designs do not benefit. PD-CHP3
shows the highest eﬃciency (14%) of all three CHP-based
cases despite the fact that the fuel production is approxi-
mately 18% lower than that of the other concepts. The primary
reason for this is that PD-CHP3 produces more than enough
electricity to cover all the power requirements of the plant so
there is no need to provide electricity externally. PD-CHP1 and
PD-CHP2 achieve similar eﬃciencies (11.7% and 11.9%,
respectively) which suggests that combustion of upgraded
biogas in a CHP plant does not significantly benefit the overall
CCU plant performance.
5.3 Energy requirements
The energy consumption calculated through the Aspen Plus
simulations is used to assess the heat and power consumption
in the diﬀerent parts of the plant; these are given in Table 6. As
mentioned in Section 2, steam produced from the combustion
of FT oﬀ-gas and the LP steam from the CHP plant are used to
supply heat to the anaerobic digesters which require approxi-
mately 640 kW of LP steam. The amount of LP steam produced
by the CCU plant is suﬃcient to cover the energy requirements
of the anaerobic digesters for PD-CHP1 and PD-CHP2, whereas
this is not the case for PD-MEA and PD-CHP3. The most energy-
intensive processing steps in terms of heat requirements are
the RWGS CO2 conversion and steam reforming because they
are both endothermic processes and thus require a significant
amount of heat to operate. It should be noted that the CHP
plant is fully integrated and does not require any external
energy inputs (heat and electricity).38
Note that the FT synthesis is an exothermic process and thus
requires cooling (water) rather than heating to maintain the
operating temperature in the reactor. However, it is the most
power consuming section for the PD-CHP1 and PD-CHP2
designs due to the compression of a large volume of processed
syngas which contains excess air from the CHP plant. This is
not an issue for PD-MEA which does not include a CHP unit.
Similar is true for PD-CHP3 which employs an MEA unit right
after the co-generation plant. Generally, it can be seen that
none of the four CCU designs is energy self-suﬃcient with the
exception of PD-CHP3 which produces surplus electricity but
still requires additional heat. In this study, natural gas is used
Table 6 Heat and electricity consumption for the evaluated CCU process
concepts. Input electricity is denoted as a positive value while output
electricity is denoted as a negative value
PD-MEA PD-CHP1 PD-CHP2 PD-CHP3
Heat (kW)
Anaerobic digestion 84 — — 110
MEA CO2 capture 85 — 78 252
Steam reforming 329 — — —
RWGS 20 456 458 138
Total 518 456 536 500
Power (kW)
MEA CO2 capture 0.3 — 0.3 —
Steam reforming 77 — — —
RWGS 69 — — —
PSA 57 29 29 —
FT synthesis 4 373 347 42
Total 207.3 402 376.3 42
Zplant ¼
_Mfuels  LHVfuels þ _MH2  LHVH2 þ Electricity produced
_Msludge  LHVsludge þ _MH2  LHVH2 þ _MNG  LHVNG þ
Electricity consumed
0:39
(6)
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to cover the additional heating requirements of the plant, while
electricity is bought from the grid, if needed.
5.4 Economic analysis
Fig. 8 shows the breakdown of capital costs for diﬀerent parts
of the CCU plant and the resulting total capital investment
(TCI) for the four CCU process designs. The calculated TCI is
expressed in 2013 million British Pounds and ranges from d30
(PD-MEA) to d36 million (PD-CHP3). The CHP-based cases are
associated with higher capital costs than PD-MEA because of
the CHP unit which increases the equipment costs and thus
the TCI. As indicated in Fig. 8, anaerobic digestion represents
41–45% of the overall costs of the CCU plant. This is due to the
two digestion reactors which handle a large volume of sewage
sludge, as discussed in Section 2.2. The CHP unit is the second
most expensive process section, contributing 19–22% to the
TCI. The steam reforming, RWGS and FT synthesis sections
necessitate similar capital investment ranging from 13–19% of
the overall plant costs. Note that the capital costs of the PSA
unit and the FT off-gas combustion are also included in the
estimated capital investment of the RWGS and FT synthesis
section, respectively. Finally, the capital costs of the MEA unit
constitute the smallest fraction, requiring about 10% of the
total capital investment.
The annual operating and maintenance (O&M) costs are
shown in Fig. 9. The operating costs include expenditure for
materials (e.g., catalysts, hydrogen), utilities (e.g., electricity,
natural gas), labour, maintenance and other costs (e.g., over-
heads, insurance). The O&M costs range from d4.9–6.4 million
with PD-MEA resulting in the lowest expenditure owing to the
lower equipment and utilities requirements associated with
this process configuration. Labour and maintenance costs are
the largest contributor to O&M costs and represent 37–45% of
the total O&M expenditure. Other costs represent 31–39%,
including the expense for MEA and PSA packing. Hydrogen
contributes 12–17% to the total operating costs of the CHP-
based designs. Catalyst and electricity costs are higher for
PD-CHP1 and PD-CHP2 because of the higher volume of
processed gas compared to the other two cases. Finally, cooling
and heating utilities represent a small fraction of the total
operating costs (2–5%).
The production costs per litre of gasoline and diesel are
presented in Table 7 for the four CCU configurations, along
with the contribution of capital costs (as capital annuity) and
O&M expenditure. The calculated production costs do not
include tax, duties, producer and retailer profits, marketing
expenditure and distribution costs. As can be seen in Table 7,
O&M costs are a more important contributor to the production
costs than the capital investment as they represent 58–62% of
the total production costs. PD-MEA has the lowest production
costs at d15.8 per litre because of its lower capital and operating
costs as well as higher fuel production compared to the other
three cases. The next best option is PD-CHP at d23.2 per litre
which has the lowest production costs among the three CHP-
based designs. PD-CHP3 is associated with the highest fuel
production costs at d29.6 per litre which is approximately 87%
higher than for PD-MEA. The main reason for this is that this
concept produces a significantly lower amount of liquid fuels
than PD-MEA, as discussed in Section 5.1. From these it is clear
that the amount of fuel produced (and thus conversion effi-
ciencies) is a very important element of the production costs;
thus, its effect is investigated in the sensitivity analysis later in
the paper (Section 5.5).
5.4.1 Comparison with costs of conventional transport
fuels. Retail prices of liquid fuels produced via the proposed
CCU technologies are uncertain at present as several factors,
such as profit margins, applicable taxes as well as government
subsidies and CO2 credits, still need to be determined. Another
factor which significantly aﬀects the fuel production costs of
CCU is the economies of scale: the bigger the plant, the lower
the production costs. For this reason, the eﬀect of the econo-
mies of scale is investigated here to assess the potential
economic competiveness of CCU against conventional, fossil
fuel technologies.
Only the PD-MEA concept is considered as this process
design has the lowest production costs. Twelve plant capacities
Fig. 8 Total capital investment for the evaluated CCU process designs.
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are evaluated, ranging from 1 tonne (base case) to 1670 tonnes
of liquid fuels produced per day. The latter capacity corre-
sponds to the Bintulu gas-to-liquids (GTL) plant in Malaysia,
one of the largest FT plants in the world, owned by Shell.51 The
six-tenths factor rule52 was applied to estimate the investment
costs of the scaled-up CCU plants as follows:
C2 ¼ C1  S2
S1
 0:6
(7)
where C1 and C2 are the costs of the PD-MEA base case and the
larger plant, respectively, S1 and S2 are the capacities of the PD-
MEA base case and the larger plant, respectively, and 0.6 is the
scaling factor. For PD-MEA, the operating costs are approxi-
mately 16% of the capital costs; therefore, the same percentage
contribution was assumed in calculating the operating costs of
the scaled-up plants.
Using the above approach, the capital investment for the
PD-MEA plant of the largest capacity considered here (1670 tonnes
per day) is estimated at d2.6 billion. This is three times higher
than the capital investment of the Bintulu plant, which cost $1.3
billion51 or d831 million (2013 exchange rate: d1 = $1.5653).
Therefore, it is highly unlikely that the industry would invest in
a CCU plant when they could instead build a conventional fuel
production plant of the same capacity at a much lower cost, while
also reducing financial and other risks by relying on a commer-
cially proven, rather than a new technology.
Fig. 10 shows the eﬀect of scale on the costs of CCU fuels.
For the largest plant capacity, the fuel production costs are
almost 16 times lower than for the PD-MEA base case (d15.80
vs. d1.00 per litre). However, the eﬀect of economy of scale
levels oﬀ for capacities above 620 tonnes per day, with much
smaller cost reductions thereafter. By comparison, the cost
of producing conventional diesel in 2013 was d0.51 per litre
and d0.47 per litre for gasoline54 (gate costs, excluding tax,
duty, profits, marketing and distribution costs). This is
around two times lower than the CCU fuel costs. Therefore,
unless significant improvements are achieved in the conver-
sion eﬃciencies of CCU technologies, along with introduction
of government subsidies and incentives, it is highly unlikely
that CCU fuels will be able to compete against conventional
transport fuels, which despite their contribution to climate
change, are still relatively cheap to produce.
The eﬀect of economies of scale on the fuel production
costs of the evaluated CCU process designs was also investi-
gated using Aspen Plus and APEA. This also allows for
comparisons with the costs estimated with the six-tenths
rule above. Two scaled-up models of the PD-MEA concept
were considered: a medium scale and a large scale plant at
850 and 1670 tonnes of fuel per day, respectively. Table 8
shows the capital investment and production costs of the two
scaled-up designs calculated by APEA. For the medium plant
capacity, the production cost drops to d2 per litre which
is approximately eight times lower than that of the PD-MEA
base case. As expected, the large scale plant with a capacity
Fig. 9 Annual operating and maintenance costs for the evaluated CCU designs.
Table 7 Liquid fuel production costs in d per litre for the evaluated CCU
process designs
PD-MEA PD-CHP1 PD-CHP2 PD-CHP3
Capital (d per l) 6.7 8.9 9.4 11.7
O&M (d per l) 9.1 14.3 15.2 17.9
Total (d per l) 15.8 23.2 24.6 29.6
Fig. 10 Cost of liquid fuels in d per litre for diﬀerent plant capacities for
PD-MEA.
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equal to the Bintulu plant has an even lower production cost at
d1.2 per litre which is about 20% higher than the cost
estimated with the six-tenths rule. The capital investment
of the large scale process design estimated by APEA is d1.34
billion which is almost half of the equivalent six-tenths rule
cost (d2.6 billion); however this is still 61% higher than the
capital investment of the GTL Bintulu plant. Therefore, using
either cost estimating method, it is clear that CCU fuels are
currently significantly more expensive than conventional
transport fuels.
5.5 Sensitivity analysis
This section considers the eﬀect of several key parameters
on the overall fuel production costs: CO2 removal eﬃciency of
the MEA CO2 capture plant, percentage of CO2 conversion in
the RWGS reactor, capital costs, loan interest rate, plant life,
operating hours, electricity and hydrogen prices. Fig. 11 shows
the dependence of fuel production costs on the CO2 separa-
tion eﬃciency of the MEA CO2 unit for PD-MEA, PD-CHP2
and PD-CHP3. For 90% CO2 removal eﬃciency, production
costs decrease to d13.8 per litre and d24.1 per litre for PD-MEA
and PD-CHP3, respectively since more CO2 is converted to CO
in the RWGS reactor which results in an increased fuel
production (and thus lower production costs). This is not
the case for PD-CHP2 where production costs are 32–33%
higher than the base case cost with an increase in the CO2
removal efficiency. Generally, as the CO2 removal efficiency
increases, the volume of gas which is passed to the stripper in
the CO2 capture unit also increases and this results in higher
energy requirements as well as higher equipment and
operating costs. For PD-MEA and PD-CHP3, this increase in
costs is outweighed by the increase in fuel production. How-
ever, in PD-CHP2, the same amount of CO2 in biogas will pass
to the RWGS reactor regardless of the absorption efficiency of
the MEA unit since the flue gas from the CHP plant and the
concentrated CO2 gas stream are mixed just before the RWGS
section (see Fig. 4). Therefore, in case of PD-CHP2 production
costs will rise as there is no increase in production which
could potentially outbalance the higher capital and operating
costs of the MEA CO2 capture unit as the CO2 removal
efficiency increases.
For the other technical and economic parameters, the
sensitivity analysis was carried out by changing each parameter
in turn by 30% of its base-case value (see Table 4) with the
exception of the plant operating hours which were changed by
10% since they cannot exceed the maximum hours per year.
The results for the four design concepts are shown in Fig. 12.
The bars show deviations from the original values of the model
parameters with longer bars indicating a higher degree of
sensitivity to a particular parameter.
In the case of PD-MEA, production costs are most sensitive
to the capital investment costs. If the total capital is decreased
by 30%, the fuel production cost drops to d13.81 per litre or
14.6% below the base case cost. However, errors of 30% for
capital investment estimates are typical40,50 and increased
accuracy can only be achieved through very detailed and
expensive analysis of a real case. Another important factor that
increases the inherent uncertainties in projecting CCU capital
costs is the diﬀerent level of development of some of the
technologies considered in this study. For example, the RWGS
process has only been proven on a small scale and therefore is
still under development as opposed to steam reforming which
is a mature and well understood technology. The high sensi-
tivity to variations in capital costs also emphasises the impor-
tance of economies of scale, which the studied CCU options do
not benefit from yet as opposed to conventional fuel production
plants.
For all CHP based models, production costs are most
sensitive to changes in the CO2 conversion rate in the RWGS
reactor. This suggests that the lower the fuel output, the more
sensitive production costs are to variations of the CO2 conver-
sion eﬃciency. The production costs of the CHP based models
can be reduced by 24–29% for a CO2 conversion rate of 84.5%
(30% higher than the base case). Therefore, improving the
performance of the CO2 hydrogenation technology should be
an early priority.
The loan interest rate is the second most sensitive para-
meter for PD-MEA and third for all CHP cases. Production
costs can be decreased by 8–9% when the interest rate is
reduced from 10% to 7%. Interest rates influence the capital
annuities and can be controlled by agreeing fixed rates with
the lender throughout the life of the project, significantly
reducing the uncertainty associated with this economic para-
meter. Finally, production costs are less sensitive to the
project’s lifetime, electricity and hydrogen prices as well as
operating hours.
Table 8 APEA capital and production costs of the PD-MEA scaled-up
designs in comparison with the base case
Process design
Plant capacity
(t d1)
Capital cost
(d billion)
Production cost
(d per l)
Base case 1 0.03 15.8
Medium capacity 850 1.28 2.0
Large capacity 1670 1.34 1.2
Fig. 11 Sensitivity of fuel production cost to the CO2 removal eﬃciency
of the MEA CO2 capture plant.
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Fig. 12 Sensitivity of fuel production costs to variations of selected technical and economic parameters [all parameters are varied by 30%, except for
the plant operating hours which are varied by 10%]. The vertical line in the graphs represents the production cost of the base case for the diﬀerent
designs.
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6. Conclusions
This work has examined the technical and economic feasibility
of four CCU process configurations for the production of liquid
transport fuels. The process designs considered here incorpo-
rate existing CCU technologies for the conversion of a carbon
source, in this case sewage sludge, to fuels. The first process
configuration examined comprises separation of CO2 from
biogas by MEA and steam reforming for conversion of methane
to syngas, while the other three cases incorporate a CHP plant
for co-generation of heat and power from biogas and the
conversion of methane to CO2. All four cases include a RWGS
reactor for converting CO2 to syngas and its subsequent con-
version to fuels via Fischer–Tropsch synthesis. Detailed designs
were developed in Aspen Plus to determine the technical and
economic potential of the selected process configurations and
identify the concept that has the lowest overall costs.
The overall plant energy eﬃciency and production costs of
the evaluated designs range from 12–17% LHV and d15.8–
29.6 per litre of produced fuels, respectively. The process
configurations which incorporate a CHP plant result in signifi-
cantly lower efficiencies and higher costs than the process
design with MEA CO2 capture and steam reforming. The
primary reasons for this are the higher syngas production in
the steam reforming process and the high capital and operating
costs of CHP. The sensitivity analysis reveals that the fuel
production costs are mainly influenced by variations in capital
costs, the CO2 removal efficiency of the CO2 capture plant and
the rate of CO2 conversion. This emphasises the importance of
optimising current CCU technology, as well as the significance
of economies of scale which greatly benefit commercial plants.
For example, for the best design case, the costs of fuel produc-
tion for a larger capacity plant (1670 tonnes per day), are
d1–1.2 per litre, down from d16 per litre for a plant producing
1 tonne per day. However, this is still twice as high as the cost of
conventional transport fuels. Therefore, fuel production with
current CCU technologies is not yet economically viable primar-
ily due to the: (i) low CO2 conversion in the RWGS process, (ii)
low selectivity of the Fischer–Tropsch synthesis and (iii) relatively
low CO2 separation efficiency in the MEA absorber. This high-
lights the need for new CCU technologies, some of which are
currently being developed (e.g. ionic liquids for CO2 capture,
co-electrolysis of CO2 and water, dry methane reforming).
Further research will be carried out to complement the
analysis presented here, including the assessment of other less
developed technologies (e.g. dry methane reforming) and pro-
ducts (e.g. methanol, formic acid), life cycle assessment to
examine the environmental impacts of the studied CCU designs
and the possibility of additional revenue from sales of by-
products and avoided greenhouse gas emissions.
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